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Optimization of reactive simulated moving bed
and Varicol systems for hydrolysis of methyl acetate
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Abstract

In this article, multi-objective optimization technique was applied to improve the performance of simulated moving bed reactor (SMBR)
and its modification, Varicol process for hydrolysis of methyl acetate. The optimization problems of interest considered are simultaneous
maximization of purity and yield of acetic acid and methanol, respectively, in the raffinate and extract streams. The effect of distributed feed
flow rate on the performance of SMBR and the applicability of reactive Varicol systems were also investigated. The non-dominated sorting
genetic algorithm (NSGA) was used in obtaining Pareto optimal solutions. It was observed that reactive Varicol performs better than SMBR
due to non-synchronous switching and its increased flexibility in distributing columns in various sections.
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. Introduction

In order to obtain more valuable compound, large amount
f by-product, methyl acetate (MeOAc), is usually hydrol-
sed to methanol (MeOH) and acetic acid (HOAc) in indus-
rial polyvinyl alcohol plant, which are recycled to the
ethanolysis reaction of polyvinyl acetate and the synthe-

is of vinyl acetate, respectively. However, the conversion of
eOAc is low in the traditional process consisting of a packed
ed reactor followed by a series of distillation columns for the
eparation of components, due to the equilibrium limitation
1,2].

Combination of chemical reaction and separation in a
ingle apparatus could enhance the conversions of thermo-
ynamic equilibrium-limited reactions and simultaneously
btain high purity products. This is achieved by separat-

ng products when they are formed, which in turn shifts the
quilibrium toward the desired products. The simulated coun-

ercurrent moving bed reactor (SMBR) (seeFig. 1a) is such

∗ Corresponding author. Present address: Department of Chemical and

an integrated reactor-separator that could be employ
enhance the conversion of hydrolysis of MeOAc, leadin
less energy cost and higher efficiency of the process. Q
few studies[3–13]have shown that substantial improveme
in the process performance could be achieved in SMBR
in recent years promised its application in fine chemical
pharmaceutical industry. More recently, SMB was modi
into Varicol process[14] (seeFig. 1b) by introducing non
synchronous shifting of the inlet and outlet ports durin
global switching period. This endowed more flexibility
terms of varied column configuration at different sub-t
intervals compared to traditional more rigid SMB proces

The optimal design and selection of optimal opera
parameters are essential to realize economic potent
SMBR and Varicol process and its successfully implem
tation on industrial scale. Although several studies[15–17]
have been reported on the optimization of SMBR and V
col, they only involved single objective optimization in ter
of maximization of productivity, which is usually not su
ficient for the real-life design of complex SMBR syste
since the operating variables influence the productivity
other important objectives, such as product purity, eluent
iochemical Engineering, University of Western Ontario, London, Ont.,
anada N6A 5B9. Tel.: +1 519 661 2111; fax: +1 519 661 3498.
E-mail address:aray@eng.uwo.ca (A.K. Ray).

sumption, etc. usually in conflicting ways. This leads to unfa-
vorable change in the second objective function whenever a
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Nomenclature

C liquid phase concentration (mol/l)
D apparent axial dispersion coefficient (m2/s)
k reaction rate constant
K equilibrium constant
L length of column (m)
N number of switching, column
p number of columns in section P
P purity, section P
q solid phase concentration, number of columns

in section Q
Q volume flow rate (cm3/min), section Q
r number of columns in section R
R reaction rate, section R
s number of columns in section S
S selectivity, section S
t time (min)
T temperature (K)
u superficial velocity (m/s)
X conversion
Y yield
z axial coordinate (cm)

Greek letters
α fraction of feed
β fraction of raffinate
γ fraction of desorbent
ε void fraction
φ section

Subscripts/superscripts
o initial, inlet
col column
e equilibrium
E extract
f feed, forward
i component i
j column number
g gas, carrier
HOAc acetic acid
MeOAc methyl acetate
MeOH methanol
N number, switching period
P section P
Q section Q
R section R
S switching, section S, solid

desirable change in the first objective function is achieved.
Therefore, the simultaneous optimization of multiple objec-
tive functions is very important for the design of SMB and
Varicol process.

The principle of multi-criterion optimization with con-
flicting objectives is different from that of single objective
optimization[18,19]. Instead of trying to find the best (global)
design solution, the goal of multi-objective optimization is
to obtain a set of equally good (non-dominating) solutions,
which are known as Pareto optimal solutions. In a set of Pareto
solutions, no solution can be considered better than any other
solutions with respect to all objective functions. The choice of
a solution over the other solutions requires additional knowl-
edge of the problem, and often this knowledge is intuitive and
non-quantifiable. However, by narrowing down the choices,
the Pareto set does provide decision makers with useful guid-
ance in selecting the desired operating conditions (called the
preferred solution) from among the (restricted) set of Pareto
optimal solutions, rather than from a much larger number of
possibilities.

In this article, a comprehensive multi-objective optimiza-
tion study of SMBR and Varicol processes is reported. The
non-dominated sorting genetic algorithm (NSGA)[20] was
applied in obtaining Pareto optimal solutions. The multi-
objective optimization problems were formulated aiming at
are simultaneous maximization of (a) purity and (b) yield of
acetic acid and methanol, respectively, in the raffinate and
extract streams. The effect of distributed feed flow rate on
the performance of SMBR and the applicability of reactive
Varicol systems were also investigated. By performing multi-
o der-
s while
g con-
d
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bjective optimizations, we are able to deepen the un
tanding of the SMBR and Varicol processes and mean
enerate a wider range of alternative optimal operating
itions as the guidance for decision makers.

.1. Mathematical model

Fig. 1a shows a schematic diagram of a 6-column S
nd the principle of its operation. It consists of column
niform cross-section, each of lengthL and packed with a
dsorbent. The columns are connected in series in a

ar array. Two incoming fluid streams (feed, F and elu
) and two outgoing fluid streams (raffinate, Ra and ext
x) divide the system into four sections, with 2, 1, 1 an
olumns in each section, respectively, corresponding t
olumn configuration 2/1/1/2. The flow rate in section P (f
ection),QP, was chosen as the reference flow rate base
hich all other flow rates were described. The ratios o

eed flow rate, F, the raffinate flow rate, Ra, the eluent
ate, E, to that in section P (QP) were designated asα, β, γ,
espectively. By advancing the introduction and withdra
orts simultaneously, column by column, in the directio
uid flow at a predetermined time interval (switching tim

s), the simulation of countercurrent movement of the s
hase toward the fluid phase is achieved. In SMBR, sw

ng time and column configuration (the number of colum
n each section) are decided a priori and is kept con
hroughout the entire operation.

In contrast to SMB, Varicol process is based on n
imultaneous and unequal shift of the inlet/outlet ports.



W. Yu et al. / Chemical Engineering Journal 112 (2005) 57–72 59

Fig. 1. (a) Schematic diagram of a 6-column SMBR system. (b) Principle of operation of SMBR and 4-sub-interval Varicol (port switching schedule). The
inlets and outlets divide the entire system into four sections: P, Q, R, and S with, respectively, 2, 1, 1 and 2 number of columns. The flow rates in each section
is given byQQ = (1− β) QP, QR = (1− β +γ) QP andQS = (1− α) QP, whereα, β, γ are given by F/QP, Ra/QP, E/QP.

concept and the principle of operation of the Varicol pro-
cess is illustrated schematically inFig. 1b for one switching
period. The switching timets, which is related directly to the
solid flow rate in SMB, is also a key parameter in the Varicol
process, although the relationship is not straightforward. In
Varicol operation, a non-synchronous shift of the inlet and
outlet ports is usually employed within a switching period,
which is again kept constant in time. This is shown as an illus-
trative example inFig. 1b for a 4-sub-interval Varicol process.
Within one (global) switching periodts, the column config-
uration changes from 2/1/1/2 (0–ts/4) to 2/1/2/1 (ts/4–ts/2)
by shifting the extract port by one column forward, then to
1/1/2/2 (ts/2–ts3/4) by shifting the feed port one column for-
ward, then to 1/2/1/2 (ts3/4–ts) by shifting the eluent port
one column forward, and finally returns back to the origi-
nal configuration of 2/1/1/2 by shifting the raffinate port one
column forward. As a result, in a 4-sub-interval Varicol pro-
cess, there are four different column configurations for the
four sub-intervals due to local switching during one global
switching period. The number of columns in each zone varies
with time within a global switching period, but the number
of columns in each zone returns to the starting value at the
end of the global switching period. In terms of average num-
ber of columns per zone this corresponds to the configuration
1.5/1.25/1.5/1.75. Note that the average number for any par-
ticular zone is obtained as follows: For example, for zone
P rs

in the bracket is the number of columns in zone P in the
4-sub-intervals. Therefore, locations of input/output ports in
Varicol processes are quite different from SMB processes.
Note that in principle it is possible that a port may shift more
than once during one global switching period, either forward
or even in backward direction. As a result, Varicol processes
can have several column configurations, which endow more
flexibility compared to SMB processes. SMB processes can
be regarded as a special case of the more flexible Varicol pro-
cesses. It is remarkable that the Varicol process does not add
any additional fixed cost.

In hydrolysis of methyl acetate in SMBR, water is present
in large excess concentration. The polymer (Amberlyst 15)
resin is initially saturated with water, and therefore, it is
assumed that the ion exchange resin in contact with polar
solvent (water) is completely swollen, the active sulfonic
acid group is totally dissociated, and the solvated protons
are evenly distributed in the polymer phase. This enables the
chemical species participating in the reaction to penetrate
the network of cross-linked polymer chains easily, and come
in contact with the solvated protons. Therefore, the quasi-
homogeneous model[21] can be applied to describe the reac-
tion. However, when the concentration of water decreases,
the polymer phase deviates much from the ideal homoge-
nous state, an absorption-based heterogeneous model would
be more suitable. As the reaction is carried out in a large
e r can
, 1.5 is obtained from (2 + 2 + 1 +1)/4, where the numbe
 xcess of water in this study, the concentration of wate
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Table 1
Adsorption constant,Ki , kinetic parameters,kf , K and dispersion coefficients,Di [22]

T (K) KMeOH KHOAc KMeOAc × 101 DMeOH × 106

(m2/s)
DHOAc × 106

(m2/s)
kf × 102 (s−1) Ke (mol/l) Xe (%) Ye (%) Pe (%)

313 1.02 0.74 7.05 6.30 7.09 1.25 8.89 90.25 90.25 47.44
318 0.96 0.72 6.90 6.49 6.11 1.87 9.36 91.25 91.15 47.69
323 0.93 0.65 6.86 6.30 6.07 2.57 9.54 92.16 92.16 47.96

Calculation is based on [MeOAc]o = 1.0 mol/l; Xe = 1− [MeOAc]out/[MeOAc]o; YE = [HOAc]out/[MeOAc]o; PE = [HOAc]out/([MeOAc]out + [HOAc]out

+ [MeOH]out).

be assumed to remain essentially unchanged in the course
of the reaction. Based on the above assumptions, the quasi-
homogeneous kinetic model, applicable to this work can be
written as:

R = kf

[
qMeOAc − qHOAcqMeOH

Ke

]
(1)

whereR denotes the reaction rate,qi the concentration of
componenti (MeOAc, MeOH, or HOAc) in the solid phase,
kf the forward reaction rate constant andKe represents the
reaction equilibrium constant. The concentration of adsorbed
speciesi in the solid phase is computed by assuming that the
local liquid and solid phases are in equilibrium and linear
adsorption isotherm is applicable. So, it is expressed as:

qi = KiCi (2)

whereKi andCi are the adsorption equilibrium constant and
liquid phase concentration of componenti, respectively. It
should be noted that the linear isotherm is only valid when
the concentration of the adsorbed components are dilute in
the bulk liquid phase, as is the case in this study. When the
concentrations of the reactants and products are not suffi-
ciently low, non-linear adsorption models, such as Langmuir
model, should be considered in order to describe adsorption
process accurately.

ption
i ato-
g n in
t m-
d mpo-
n

T

C

C

C[

The kinetic, adsorption constants and diffusion coeffi-
cients of each component involved in the process are listed
in Table 1. They were determined semi-empirically by fit-
ting the experimentally measured breakthrough curves with
model prediction obtained by solving the above mass balance
equations. Detailed procedure is described elsewhere[22].

SMBR unit resembles fixed-bed chromatographic reactor
except at the instant of column rotating, and therefore, the
dynamic behavior of the SMBR unit can be described by
the mathematical model of a single reactive chromatographic
column while incorporating the cyclic port switching. The
modified mass equations are given by:

∂C
(N)
ij

∂t
+

(
1 − ε

ε

)
∂q

(N)
ij

∂t
+ uφ

ε

∂C
(N)
ij

∂z

−
(

1 − ε

ε

)
νiR

(N)
j = Di

∂2C
(N)
ij

∂z2 (5)

for the componenti in thejth column during theNth switching
period,uφ denotes superficial flow rate in sectionφ (where
φ = P, Q, R, S), and the reaction rate expression and adsorption
isotherms are given by:

R
(N)
j = kf

[
q

(N)
MeOAc,j − q

(N)
HOAc,jq

(N)
MeOH,j

Ke

]
(6)

q

T

Based on the proposed reaction kinetics and adsor
sotherms, the dynamic model for a fixed-bed chrom
raphic reactor corresponding to each single colum

he SMBR unit was developed by adopting equilibriu
ispersive model. Mass balance equations for each co
enti are written as follows:

∂Ci

∂t
+

(
1 − ε

ε

)
∂qi

∂t
+ u

ε

∂Ci

∂z
−

(
1 − ε

ε

)
νiR

= Di

∂2Ci

∂z2 (3)

he initial and boundary conditions are:

i[t = 0] = C0
i (4a)

i(0 < t < tp)
z=0 = Cf,i (4b)

i(t > tp)
z=0 = 0 (4c)

∂Ci(t)

∂z

]
z=0

= 0 (4d)
(N)
ij = KiC

(N)
ij (7)

he initial and boundary conditions are:

Initial condition:

WhenN = 0, C
(0)
ij = CInitial

ij = 0 (8a)

WhenN≥ 1,

C
(N)
ij = C

(N−1)
i,j+1 for j = 1 ∼ (Ncol − 1) (8b)

C
(N)
ij = C

(N−1)
i1 for j = Ncol (8c)

Boundary conditions:Feed entry point (point A inFig. 1)

C
(N)
i1 |z=0 = (1 − α)C(N)

i,Ncol
|z=L + αCi,f (9a)

Raffinate take-off point (point B inFig. 1)

C
(N)
i,p+1|z=0 = C

(N)
i,p |z=L (9b)
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Eluent inlet point (point C inFig. 1)

C
(N)
i,p+q+1|z=0 =

[
1 − β

1 − β + γ

]
C

(N)
i,p+q|z=L (9c)

Extract take-off point (point D inFig. 1)

C
(N)
i,p+q+r+1|z=0 = C

(N)
i,p+q+r|z=L (9d)

The mass balance Eq.(5), initial Eq. (8) and boundary
conditions Eq.(9), kinetic equation Eq.(6) and adsorption
isotherm Eq.(7) completely define the SMBR system. The
PDEs were solved using Method of Lines. The PDEs were
first discretized in space using Finite Difference Method
(FDM) to convert it into a set of several-coupled ODE–IVPs
and the resultant stiff ODEs of the initial value kind were
solved using the subroutine, DIVPAG, in the IMSL library.
Since periodic switching is imposed on the system, the reac-
tor works under transient conditions. Whenever switching is
performed a new initial value problem must be solved. How-
ever, a cyclic (periodic) steady-state with a period equal to
the switching time is eventually attained. After each switch-
ing, column numbering was redefined according to Eq.(10)
so that feed is always introduced into the first column.

Before switching After switching

tion
o l
f ub-
t ve
f

X
extr

− β

Y
z=Lco

Y

N)
OAc,p

c,f ts

P )
OH,p+

P

∫
OH,p +

2. Sensitivity study

Before formulating optimization problems, a comprehen-
sive parametric sensitivity study was conducted in order
to acquire a thorough understanding of the SMBR system.
Sensitivity analysis was carried out by changing only one
process parameter at a time while fixing the other operating
parameters at a reference set of values. Effects of switch-
ing time (ts), flow rates of feed (α), raffinate (β), desorbent
(γ), and number of columns (p, q, r and s) in sections P,
Q, R and S, respectively, on the several performance criteria,
XMeOAc,YMeOH,YHOAc,PMeOH andPHOAc, as defined in Eqs.
(11)–(15)are shown inTables 2.1 and 2.2. The parameters
on the first row ofTables 2.1 and 2.2denotex-axis variable
for the respective column and the effect of each parameter
onXMeOAc, YMeOH, YHOAc, PMeOH andPHOAc are shown for
reference values of other parameters in the five subsequent
rows.

It was found thatq and r, which represents numbers of
columns in sections Q and R, respectively, have little effect
on the performance of the process, when each of them was
varied between 1 and 5. Some parameters, such asβ andγ,
influence theYHOAc, PHOAc, YMeOH andPMeOH in conflict-
ing ways.Tables 2.1 and 2.2reveals that there is a complex
interplay of all these parameters onXMeOAc, YMeOH, YHOAc,
P andP . If we want to maximize one, the other one
w ngth
o
d ize
a
m ere-
f the
p

Column 1 ColumnNcol

Columnj Columnj − 1 j = 2, 3, . . . , Ncol

(10)

The concentration profiles were obtained from the solu
f the above equations Eqs.(5)–(10). The dynamic mode

or Varicol can be easily derived by incorporating the s
ime interval switching into SMBR model. A set of objecti
unctions examined in this work are defined as follows:

MeOAc = (MeOAc fed− MeOAc collected in raffinate and

MeOAc fed

=
αCMeOAc,f ts −

[
β

∫ ts
0 C

(N)
MeOAc,p|z=Lcoldt + (α + γ

αCMeOAc,f ts

MeOH = MeOH collected in extract

MeOAc fed
=

β
[∫ ts

0 C
(N)
MeOH,p+q+r|
αCMeOAc,f ts

HOAc = HOAc collected in raffinate

MeOAc fed
=

(α + γ − β)
[∫ ts

0 C
(
H

αCMeOA

MeOH = MeOH collected in extract

[MeOH+ MeOAc+ HOAc] collected
= ∫ ts

0 (C(N
Me

HOAc = HOAc collected in raffinate

[MeOH+ MeOAc+ HOAc] collected
= ∫ ts

0 (C(N)
Me
act)

)
∫ ts

0 C
(N)
MeOAc,p+q+r|z=Lcoldt

]
(11)

ldt
]

(12)

|z=Lcoldt
]

(13)

∫ ts
0 C

(N)
MeOH,p+q+r|z=Lcoldt

q+r + C
(N)
MeOAc,p+q+r + C

(N)
HOAc,p+q+r)|z=Lcoldt

(14)

ts
0 C

(N)
HOAc,p|z=Lcoldt

C
(N)
MeOAc,p + C

(N)
HOAc,p)|z=Lcoldt

(15)

MeOH HOAc
orsens. Optimum SMBR configuration (number and le
f columns), and operating conditions (such asts, β, γ, etc.)
iffer depending on which variable we want to maxim
mongXMeOAc, YMeOH, YHOAc, PMeOH andPHOAc, and it
ay not be possible to maximize all at the same time. Th

ore, multi-objective optimization is essential to improve
erformance of SMBR.
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Table 2.1
Sensitivity of process parameters on the performance of SMB system for the hydrolysis of methyl acetate

Reference values:QP = 1 ml/min;L= 25 cm;ε = 0.4;CHOAC, f = 1 mol/l; α = 0.1,β = 0.5,γ = 3.0,p=s= 2,q= r = 1.
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Table 2.2
Sensitivity of process parameters on the performance of SMB system for the hydrolysis of methyl acetate

Reference values:QP = 1 ml/min;L= 25 cm;ε = 0.4;CHOAC, f = 1 mol/l; α = 0.1,β = 0.5,γ = 3.0,p=s= 2,q= r = 1.
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3. Optimization of SMBR and Varicol systems

3.1. Case 1: maximization of purity of both raffinate and
extract streams

In industrial polyvinyl alcohol plant, both of the prod-
ucts (MeOH and HOAc) from the hydrolysis of MeOAc are
desirable, since they can be recycled to the methanolysis reac-
tion of polyvinyl acetate and the synthesis of vinyl acetate,
respectively. Therefore, it is meaningful to formulate the opti-
mization problem aiming at simultaneous maximization of
purity of acetic acid (PHOAc) in raffinate stream and purity
of methanol (PMeOH) in extract stream. In addition, since
the cost of the adsorbent is always one of the key factors in
evaluating the economic potential of SMBR plants, the per-
formance of SMBR was, therefore, optimized at the design
stage to determine the optimal length of columns for a 7-
column SMBR unit. The optimization problem is described
in Table 3.

The optimal solutions with respect to maximization of
purity of both raffinate and extract streams and correspond-
ing decision variables are shown inFig. 2. FromFig. 2a, it
can be observed thatPHOAc in raffinate stream increases at
the cost of decreasingPMeOH in extract stream, which is in
agreement with the result obtained from the sensitivity study.
The figure also shows that raffinate flow rate (β) and eluent
fl ely
i they
a Q
a . This
i and
e itch-
i
i ore
c
i ate
c 2 in

T
D er con

C s

1 γ ≤ 5,
s≤ 3,

1 γ ≤ 5,

1 γ ≤ 5

1 ,

1 0.3

1 γ ≤ 5,
le 5)

1

19.8 m

Fig. 2) in the Pareto set. It is evident from the figure that
the concentration fronts of HOAc and MeOH in section S
are better separated when more columns are present in sec-
tion S with slightly greater switching time, leading to higher
PMeOH in the extract stream. The optimal number of columns
in sections Q and R are both equal to 1, which is expected
since sections P and S are the key sections for complete con-
version and separation while sections Q and R are mainly
responsible for regeneration of solvent and adsorbent, respec-
tively. The optimal length of column was found to be about
0.87 m.

3.2. Case 1a: effect of the column length, Lcol

The effect of column length on the Pareto optimal solu-
tions was studied in order to find a suitable column length,
since the obtained optimal length of column for a 7-column
SMBR unit was too long compared with the diameter of the
column. Thus, the optimization problem was formulated by
fixing the length of column as 20, 30 and 50 cm. The for-
mulation of the optimization problem is given inTable 3.
Fig. 4shows that the performance of a 7-column SMBR unit
is satisfying when each of the columns is 30 cm long, as both
of the purity of raffinate and extract streams can reach 90%.
Therefore, in all the following cases, the column length is
fixed as 30 cm.

3

was
r . In
t three
d n is
p o
s was
r sults
o

ow rate (γ) are scattered, implying that they are relativ
nsensitive in deciding the Pareto solutions, as long as
re sufficiently large for the retention of HOAc in section
nd regeneration of adsorbent in section R, respectively

s validated later by investigating the effects of raffinate
luent flow rates on the shift of Pareto solutions. The sw

ng time slightly increases asPMeOH in the extract stream
ncreases, and it is also evident from the figure that m
olumns are needed in section S in order to improvePMeOH

n the extract stream.Fig. 3compares the cyclic steady-st
oncentration profiles for two points (shown as 1 and

able 3
escription of the multi-objective optimization problems solved togeth

ase Objective Constraint Decision variable

MaxPHOAc,
MaxPMeOH

XMeOAc ≥ 90%,
PHOAc ≥ 80%,
PMeOH ≥ 80%

30≤ ts ≤ 60 min, 3≤
20≤L≤ 100 cm, 1≤

a 10≤ ts ≤ 60 min, 3≤
1≤ s≤ 3

b 10≤ ts ≤ 30 min, 3≤

c 10≤ ts ≤ 30 min

d 0.0001≤ α1, α2, α3 ≤

e 10≤ ts ≤ 30 min, 3≤
1≤ s≤ 4, � (seeTab

f Same as Case 1e
a Point 1:β = 0.44,γ = 3.15,ts = 19.5 min; point 2:β = 0.75,γ = 4.25,ts =
straints, bounds of decision variables, and fixed parameters

Fixed parameters

0.1≤ β ≤ 0.9,
1≤q, r ≤ 2

dcol = 0.94 cm,Ncol = 7,QP = 1 ml/min,α = 0.1,
Cfeed

HOAc=1 mol/l,T= 318 K

0.1≤ β ≤ 0.9, Same as Case 1 exceptL= 20, 30, 50 cm,q= 1,
r = 1
Same as Case 1 exceptL= 30 cm,β = 0.4, 0.6,
0.8,p= 2,q= r = 1,s= 3
Same as Case 1b exceptβ = 0.8,γ = 1.0, 1.5, 2.0
3.0
Same as Case 1 excepta L= 30 cm,p= 3,q= 1,
r = 1,s= 2

0.1≤ β ≤ 0.9, Same as Case 1 exceptL= 30 cm,Ncol = 6, 7, 8,
q= 1, r = 1

Same as Case 1e exceptNsub-interval= 3, 4, 5

in; point 3:β = 0.69,γ = 3.40,ts = 19.5 min.

.3. Case 1b: effect of raffinate flow rate,β

In Case 1, it was observed that raffinate flow rate
elatively insensitive in deciding the optimal solutions
his section, the Pareto solutions were determined for
ifferent raffinate flow rates. The optimization formulatio
rovided inTable 3. It is shown byFig. 5 that there was n
ignificant shift of Pareto’s when the raffinate flow rate
educed from 0.8 to 0.4. This is in agreement with the re
btained in Case 1.
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Fig. 2. Pareto optimal solutions and corresponding decision variables for Case 1 optimization problem.

3.4. Case 1c: effect of eluent flow rate,γ

The effect of eluent flow rate on the performance of
SMBR was also investigated. The optimization formulation is
described inTable 3. Fig. 6compares the optimal solutions in
terms of maximization of purity of both raffinate and extract
streams for four different eluent flow rates. When the eluent
flow rate was increased from 1.0 to 1.5, a 6.5% improve-
ment in thePHOAc in the raffinate stream was observed for
a givenPMeOH of about 90%. However, there was no fur-
ther significant improvement when the eluent flow rate was
increased further from 1.5 to 2 or 3. This can be explained
by comparing the cyclic steady-state concentration profiles
for eluent flow rate as 1.0, 1.5 and 3 as shown inFig. 7.
It was observed that the solid adsorbent is not completely
regenerated when the eluent flow rate is 1.0 and the remain-
ing methanol will later contaminate the purity of the raffinate
stream. When eluent flow rate is increased to 1.5, the com-
plete regeneration of adsorbent is achieved in section R, lead-
ing to improvement in the purity of acetic acid in the raffinate
stream.

3.5. Case 1d: effect of distributed feed flow

One of the limitations of the SMB is that during much of
the operation, the stationary phase in some of the columns are
either completely free of solutes, or contains only product so
that the separation capacity is significantly reduced. One way
to improve SMB efficiency is to use non-synchronous switch-
ing like in Varicol, which is considered later. Alternative
option that could improve the effective utilization of adsor-
bent phase would be to vary the feed flow rate during a global
switching interval. Some studies have been reported regard-
ing this mode of operation for non-reactive SMB[23–27]. In
order to evaluate the efficacy of this approach, and to deter-
mine the extent to which the performance of SMBR could
be improved by using variable feed flow rate. The optimiza-
tion problem for the SMBR with four sub-feed interval is
described inTable 3. The operating conditions for the prob-
lem solved in this case is identical to the optimum solution
obtained corresponding to Case 1a (withL= 30 cm) except
that the feed flow rate was not kept constant atα = 0.1 for the
entire switching interval instead allowed to vary according to
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Fig. 3. Concentration profiles of MeOAc–HOAc–MeOH at the end of 100
switching corresponding to (a) point 1 and (b) point 2 inFig. 2.

Fig. 4. Comparison of Pareto optimal solutions for different column length
(Case 1a).

Fig. 5. Effect of raffinate flow rate (β) on the Pareto optimal solutions (Case
1b).

Fig. 6. Effect of eluent flow rate (γ) on the Pareto optimal solutions (Case
1c).

Eq.(16a)while Eq.(16b)is used to ensure that total feed flow
rate is same as that of the constant feed flow case (Case 1a in
Table 3), and therefore, the optimum results can be compared.

1 × 10−4 ≤ α1, α2, α3 ≤ 0.3 (16a)

α4 = 4α − (α1 + α2 + α3) (16b)

Fig. 8shows that by varying the feed flow rate (keeping the
total feed flow rate constant), both of the purity of the raffinate
and the extract streams can be improved.Table 4compares
the objective function values and the corresponding optimal
feed flow rates at the four sub-time intervals for three opti-
mal points with the reference point 2 shown inFig. 8. It was
observed that the distribution of the feed flow rate for all
the optimal solutions represents a uniform cyclic (periodic)

Table 4
Comparison of objective function values for constant and variable feed flow rate

Point inFig. 8 PHOAc (%) PMeOH (%) α1 α2 α3 α4

VF1 91.3 90.2 5.8× 10−4 0.132 0.259 7.7× 10−4

VF2 91.1 90.5 4.8× 10−4 0.174 0.223 3.5× 10−3

VF3 91.3 90.2 4.8× 10−4 0.128 0.269 2.0× 10−3

2 90.7 89.8 α = 0.1
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Fig. 7. Concentration profiles of MeOAc–HOAc–MeOH at the end of 100
switching (Case 1c). (a)γ = 1.0, (b)γ = 1.5, and (c)γ = 3.0.

behavior. The feed flow rate (α1) is extremely small during the
first sub-interval, increases to a higher value for the second
and the third time interval, and finally decreases to a lower
value at the last time interval. The advantage of this partic-
ular cyclic behavior for the performance of SMBR can be
illustrated by comparing the concentration profiles for con-
stant (point 2) and variable feed flow rate (VF1) at the end
of each of the four sub-time intervals as shown inFig. 9.
The figure shows that the concentration front of MeOH and
unreacted MeOAc move faster toward the raffinate port and
tends to breakthrough form section P during the last time

Fig. 8. Comparison of Pareto optimal solutions between constant and dis-
tributed feed flow rate (Case 1d).

interval when the feed flow rate is constant. This gives rise to
lower purity of HOAc (PHOAc) in the raffinate stream com-
pared to variable feed flow. Likewise, the smaller feed flow
rates in the first time interval help to improve the purity of
MeOH in extract stream, since HOAc and unreacted MeOAc
tend to breakthrough from section S in the first time interval.
The forced periodic feed flow rate could improve the per-
formance SMB for other operating conditions also and the
extent of improvement vary depending on the specific reac-
tion system, column configuration, and numbers of sub-time
intervals employed.

3.6. Case 1e: comparison of the performance of SMBR
and Varicol systems

In order to improve the process efficiency, SMB was
recently modified into Varicol by introducing the non-
synchronous shift of the inlet and outlet ports during a global
switching period. It has been reported that Varicol system
performs better than its equivalent SMB system due to the
flexibility in column distribution [14]. Thus, in this sec-
tion, the optimization study was carried out to determine
to what extent improvement can be obtained for a 4-sub-
interval 7-column Varicol system over an equivalent SMBR
unit. Furthermore, the performance of 7-column SMBR and
Varicol was compared with 6-column Varicol and 8-column
S ist,
r (
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t d to
b
T d in
T
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c ding
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m can
b iva-
l tter
t mn
MBR. For 6- and 7-column Varicol, there could ex
espectively, 10 and 20 possible column configurationsχ).
mong these configurations, the possible optimal config

ions were selected from the simulation studies that lea
etter performance of the system and are listed inTable 5.
he formulation of the optimization problem is describe
able 3.

The Pareto optimal solutions of the 6- and 7-column V
ol together with 7- and 8-column SMBR and correspon
witching time are illustrated inFig. 10. Slight improve
ent in purity for both raffinate and extract streams
e achieved in 7-column Varicol compared to an equ

ent SMBR unit. However, 8-column SMBR performs be
han 7-column Varicol while the performance of 6-colu
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Fig. 9. Concentration profiles for constant and variable feed flow rate the end of sub-time intervals. (a) Variable feed flow rate and (b) Constant feed flow rate
(point 2 inFig. 8).

Varicol is worse than 7-column SMBR. Similar results were
reported by Zhang et al.[28] for a non-reactive case that 5-
column Varicol performs better than an equivalent SMB unit,
while 6-column SMB performs better than 5-column Varicol.
The optimal column configurations for the 4-sub-interval 6-
column Varicol are C-C-C-A, A-A-C-C and for the 7-column
Varicol are B-B-C-C, B-B-B-C, B-C-C-C (seeTable 5). The

optimal column configurations for 8-column SMBR are 2-1-
1-4, 3-1-1-3 and 4-1-1-2. These optimal configurations imply
that more columns are needed in sections P or S in order to
achieve as high purity for raffinate and extract streams since
they are the key sections for complete conversion and sepa-
ration.
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Table 5
List of possible optimal column configurations (χ) for 6- and 7-column
Varicol system within a global switching period

χ Column configurationa χ Column configuration

Ncol = 6
A 1/1/1/3 B 2/1/1/2
C 3/1/1/1 D 1/1/2/2
E 2/2/1/1 F 2/1/2/1
G 1/2/1/2 – –

Ncol = 7
A 1/1/1/4 B 2/1/1/3
C 3/1/1/2 D 4/1/1/1
E 1/2/1/3 F 1/1/2/3
G 2/2/1/2 H 3/2/1/1
I 2/1/2/2 G 3/1/2/1

a Column distribution 3/1/1/1 implies 3 columns in section P and one
column each in sections Q to S.

Fig. 10. Comparison of Pareto optimal solutions for 6- and 7-column Varicol
together with 7- and 8-column SMB systems (Case 1e).

3.7. Case 1f: effect of number of sub-interval

In Case 1e, 4-sub-interval switching within a global
switching period was applied to a 7-column Varicol system.

Fig. 11. Effect of number of sub-time interval for 7-column Varicol system
(Case 1f).

It is expected that if the number of sub-intervals is increased,
better performance could be achieved in Varicol due to addi-
tional flexibility in column distribution. Therefore, the effect
of number of sub-interval switching on the performance of
Varicol was investigated by varying around the reference
value of 4 to 3 and 5.Fig. 11compares the Pareto optimal
solutions for the different number of sub-interval switching in
7-column Varicol. When the number of sub-intervals switch-
ing was increased from 3 to 4, a 2.3% improvement in the
PHOAc was obtained for a givenPMeOH of about 91%. How-
ever, there was no significant improvement when the number
of switching was increased further from 4 to 5, thus 4-sub-
interval was found to be sufficient for the effective operation
of Varicol system for the hydrolysis of MeOAc. The opti-
mal column configurations (χ) for the 3- and 5-sub-interval
are B-C-C, C-C-B or C-C-C and B-C-C-C-C, B-B-C-C-C,
B-B-B-C-C or B-B-B-B-C, respectively.

3.8. Case 2: maximization of yield of both raffinate and
extract streams

In this case, the optimization problem was formulated in
order to obtain as high yield of both the raffinate and extract
streams while at the same maintaining the purity of raffinate
and extract streams greater that 80%. The mathematically
f
m
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Table 6
Description of the multi-objective optimization problems solved in Case 2 tog s

Case Objective Constraint Decision

2 MaxYHOAc, Max
YMeOH

XMeOAC ≥ 90%,
PHOAc ≥ 80%,
PMeOH ≥ 80%

10≤ ts ≤ 30
0.1≤ β ≤ 0.

2a Same as C
ormulation of the problem is described inTable 6. The opti-
al solutions with respect to maximization ofYHOAc and

MeOH are illustrated inFig. 12. The figure demonstrat
hat one cannot improve yield of acetic acid in the raffin
tream without sacrificing yield of methanol in the extr
tream. Moreover, the figure clearly shows that the m
umYHOAc andYMeOH can be obtained are about 97 a
1%, respectively, without violating the constraints on

ether constraints, bounds of decision variables, and fixed parameter

variable Fixed variable

min, 1.0≤ γ ≤ 3.0,
9, 1≤ s≤ 3, 1≤q, r ≤ 2

Same as Case 1 exceptL= 30 cm

ase 2 exceptχ (seeTable 5) Same as Case 2
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Fig. 12. Pareto optimal solutions and corresponding decision variables for the Case 2 optimization problem.

purity of both streams. The figure also shows that switching
time is the key parameter in deciding the Pareto optimal solu-
tions, and it decreases whenYMeOH increases. The reduction
of switching time increases the solid phase pseudo-velocity,
and therefore, all components travel at a much faster rate
with the solid phase, less methanol will breakthrough from
section P, leading to higherYMeOH. Similarly, when switch-
ing time increases, all components will travel at a faster rate

with the fluid phase, less amount of acetic acid will break-
through from extract port increasing conversion and resulting
in higherYHOAc. This can be clearly illustrated by compar-
ing the concentration profiles at different switching time, as
shown inFig. 13. It was observed fromFig. 12that raffinate
flow rate and eluent flow rate are insensitive in determining
the Pareto solutions. The performance of 7-column SMBR
with respect of maximization ofYHOAc andYMeOH was also

Fig. 13. Concentration profiles for MeOAc–HOAc–MeOH at the end of 100 switching for Case 2 optimization at two differentts value. (a)ts = 18 min and (b)
ts = 120 min.



W. Yu et al. / Chemical Engineering Journal 112 (2005) 57–72 71

Fig. 14. Comparison of Pareto optimal solutions between a 7-column SMB and Varicol system (Case 2a).

compared with Varicol.Fig. 14shows that there is no signifi-
cant improvement in the Varicol system. However, the eluent
consumption in Varicol is less than that for an equivalent
SMBR, which is also shown in the figure.

4. Conclusion

Simulated Moving Bed (SMB) systems are used in indus-
try for separations that are either impossible or difficult using
traditional separation techniques. By virtue of its superior
separating power, SMB has become one of the most popu-
lar techniques finding its application in petrochemical and
sugar industries, and of late, there has been a drastically
increased interest in SMB in pharmaceutical industry for
enantio-separations. SMB systems can also be integrated to
include reactions, which can provide economic benefit for
equilibrium limited reversible reactions. In situ separation
of the products facilitates the reversible reaction to comple-
tion beyond thermodynamic equilibrium and at the same time
obtaining products of high purity. Recently, a new concept
of non-synchronous switching instead of the synchronous
one used in the traditional SMB technology is developed.
The more flexible modified process (Varicol) was found to
perform better than the rigid SMB system. However, the
successful operation and implementation of separative and
r trial
s sign
p bjec-
t

iza-
t sis
o rting
g pti-
m ms
w f (a)
a . The
e rate
a tions
w ion
s the
p rved

that reactive Varicol performs better than SMBR due to its
increased flexibility in column distribution. It is to be empha-
sized that there is no end of the variety of multi-objective
optimization problems, which could be formulated and stud-
ied, and we have presented here, only a few simple examples,
to illustrate the new optimization strategy and interpretation
of results.
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